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Abstract—Valve trays are becoming popular in the chemical process industries owing to their flexibility to handle a
wide range of vapor throughputs. Using the rigorous rate based model, the importance of the non-equilibrium approach
is demonstrated for a typical extractive distillation process in a Glitsch V-1 valve tray column. Simulation results based
on an in-house developed code indicated that the rate based model predictions for a valve tray column operation showed
significant differences relative to the equilibrium model. Even small errors in product purities translated into non-
optimal feed stage locations and inaccurate number of stages required. The counter-intuitive effect of high reflux ratio

on separation is explained.
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INTRODUCTION

A major part of the operations in a chemical process plant is cen-
tered on separation processes, which typically include distillation
columns, absorbers and extractors. It is essential to ensure accurate
design of this equipment, since even a small difference between
the separation achieved and target specified may have considerable
environmental and economic implications. The present work em-
phasizes distillation since it is usually the first choice to meet sep-
aration requirements.

Conventionally, multistage separation processes were modeled
in terms of the equilibrium stage model, which assumes the attain-
ment of thermodynamic equilibrium between the contacting phases.
However, multicomponent diffusion phenomena may involve cou-
pling of concentration gradients of different species leading to uncom-
mon behaviour such as reverse diffusion, diffusion barrier, osmotic
diftusion etc. [Toor, 1957, 1964]. For systems exhibiting strong ther-
modynamic non-ideality, the efficiencies could vary significantly
and can even lie between —oc to +oc. Hence, multicomponent Mur-
phree efficiencies and their variation with respect to component as
well as stage are difficult to estimate and incorporate into the equi-
librium model. The development of the rigorous non-equilibrium or
rate based model, described in detail by Taylor and Krishna [1993]
obviated the need for use of Murphree efficiencies for multicom-
ponent systems. Briefly, this model considers each phase to be sep-
arated by an interface through which heat and mass transfer occur.
The transport of mass and heat through both phases implies the ex-
istence of concentration and temperature gradients in both phases.
While the temperature gradient was continuous across the inter-
face, the concentration at the interface was related by the equilib-
rium relationship. The MERSQ equations developed for the rate-
based model are summarized in Table 1. The equilibrium model
equations corresponding to reboiler and condenser are summarized
in Table 2. The procedures for estimating the multicomponent mass
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transfer coefficients using the film theory are summarized in Table 3.
The rate based model has been extensively applied in several ap-
plications. These are briefly reviewed below.

In one of the earlier studies, Lee et al. [1997] investigated the
packed distillation columns with a rate based model. Springer et al.
[2002] recommended the model for predicting the distillation bound-
ary crossing characteristics observed in temary azeotropic distillation
processes. Pyhalahti and Jakobsson [2003] developed a rate based
mixed pool model and recommended its application for absorbers
with high exothermic reactions. Sanpui and Khanna [2003] have
investigated the selection of mass transfer correlations for rate based
liquid-liquid extraction models. Peng et al. [2003] developed rate
based and equilibrium models for the production of tert-amyl methyl
ether (TAME) in packed columns using gPROMS software. These
authors recommended simplification of the rate based model for
model based control. Kloker et al. [2003] studied the influence of
operating conditions and column configuration on the performance
of reactive distillation columns with liquid-liquid separators. Mor-
taheb and Kosuge [2004] studied the simulation and optimization
of a heterogeneous azeotropic distillation process in a sieve tray
column. Hoffman et al. [2004] studied the scale up characteristics of
the structured packing, MULTIPAK®, that was applied in methyl
acetate synthesis. Kenig et al. [2004] described the features of the
advanced rate based simulation tools in reactive distillation that in-
cluded reaction in the film and catalyst efficiency. Higler et al. [2004]
have used the nonequilibrium stage modeling for three phase distil-
lation. First, the equilibrium 2 phase model was solved to generate
initial guesses for solving the equilibrium three phase model. These
results in tur were used to solve the rigorous three phase rate based
model. Noeres et al. [2004] adopted dynamic simulation of cata-
Iytic distillation columns in methyl acetate synthesis. For offline
and online optimization and control reduced order and simplified
models were applied. While the rate based model is rigorous, it can
also become difficult to implement for dynamic simulations, opti-
mization and control. Further, the parameters of the model such as
the mass transfer coefficients may be difficult to estimate accurately.
Equilibrium based models can serve as useful limits to the rate based
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Table 1. MERSQ equations for column stages modeled as non-equilibrium stages [Taylor and Krishna, 1993]

.. Liquid phase Vapor phase Interface
Significance o . " . i .
g stage i=1,2,...,¢) (j" stage, i=1, 2, ..., ¢) (j" stage i=1,2, ..., ¢)
Component Material (I+tHLx,~ L x, o —F=Nj=0  (14t)Vy,~V,.1y,0—f~N;=0 -

balances (M and M,)

Total material balances (1+1r)L~L,_,~F~N,=0

(H+T)V=V,, =F+N,=0 -

L I8
(M, and M,) wher¢ , wherq » ,
Fj:;ff, and Nj:;Nﬁ. F, =zf,.', and N,’,’:zN,;
Energy balances in the bulk ~ (1+rjLH;~L,_H,_,~F/H," (1+17 )VH -V, H, ~F/H"
phases (E; and E}) +Qi—et=0 +Q+e/=0
Energy balance at the - - ej—ef=0
interface (Ejl-) where e} and e} are given by
ah, (T, T)+ZN,/ IS
ah)(T/=T)+ ZN;;
Rate equatiops N,-j-—Né:O i=1,2,...,c-1 N,-j—N,_-';=0 i% 1,2,...,c-1 -
(R,f and R,;) where N =J; + N7 where N, =], + N,
Constralnt at the interface - - ZX,’, 1=0; iy,'-,-*1= 0
(S’ >N ) i=1 [
Equilibrium relationship (Q;) - - Kjx!—y/=0
No. of Equations 2¢+1 2c+1 ct+3

Table 2. MESH equations for reboiler and condenser modeled as equilibrium stages [Taylor and Krishna, 1993]

Significance

Equation (I1=1,2,...,¢)

Component material balances (M)
Total material balance (M,)

=1+ Vy,+(1+1)Lx,—
(1+r )V+(l+rL)L Vi-L,

j+lyu+l L lxlj 1 flj 0 )
~F,=0 where f,~f,+f; and F~F, +F,

J=

Energy balance (E)) H= (1+r")VH +(1+r‘)LH V,HH,H L,_H ~FH+Q~=0 where
FJHJ FJHJ +F/H/ and Q;= Qj +Qj

Mole fraction constraint (S;) i;( i—yi)=0

Equilibrium relationship (E, ;) II([/-XU— y;=0

No. of Equations 2¢+3

Table 3. Estimation of multi-component mass transfer coefficient matrices in the non-equilibrium model by film theory [Taylor and Krishna,

1993]
Parameter Equations
] . N 1o ol
Multicomponent [.nass . R”:rﬂ'qrz“l* =12, .. o1 )=k 1F-y)
trapsfer coefficient matrices Kie T Ky and
[k']and [K] Lo (I9)=[k1(x'-x)
R,-,:—m( - i=1,2,...c—1 where
Ky K -1
[k]=[R][/7]

m; is the mole fraction of appropriate phase and

k; is the binary mass transfer coefficient

For liquid and vapor phases, the thermodynamic correction factors (/™ and 7™") are given by :

F,/ 5+ X@ln}/,
a X; T,P,~
1_;: d_j+xialn¢,
an T,P,~

i,j=1,2,...c—1

models and have also been used in recent times in the analysis of
complex distillation processes for e.g. by Kim et al. [2004] and As-
sabumrungrat et al. [2004].
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SCOPE OF THE CURRENT STUDY

Valve tray distillation columns are considered in this work since
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they have significant advantages over conventional sieve trays owing
to their high turn down ratio. This gives them the flexibility to handle
a wide range of vapor flow rates ranging from a minimum through-
put to the normal or design throughput [Kister, 1992]. From the above
typical studies it may be noted that valve trays have not been investi-
gated in detail using the rate based model. The simulation studies
on the Glitsch V-1 valve tray column are reported in this work. The
influence of the mass transfer coefficients on the rate governed sep-
aration process is explored in detail. The design implications of the
seemingly minor discrepancies that arise between the equilibrium and
rate based model predictions are illustrated. Further, the counter-
intuitive effect of high reflux ratio on product purity is illustrated.
In order to implement the rate based model, an in-house code was
developed by using the object-oriented JAVA programming approach.

CASE STUDY

A Glitsch V-1 valve tray column used in the extractive distilla-
tion of methanol from its mixture with acetone using water as the
solvent was simulated by using the rate based model. A degrees of
freedom analysis was performed for the rate based model, and the
results are shown in Table 4. The equations in Table 4 correspond
to the MERSQ equations listed in Table 1. For the reboiler and con-
denser the degrees of freedom analysis is much simpler involving
(2¢+3) variables (Y, Yy --- Yoo Vo Ts Xijp Xgs -+ - Xy Ly). The cor-
responding 2c+3 independent MESH equations for an equilibrium
stage as described in Table 2 are (M, M, ... M;, M, H, E,;, E,,

(4] 1k

Table 5. Specifications for simulation

~

Table 4. Degrees of freedom analysis for the rate based model equa-

tions
Variables Equations

Name No. Name No
Vi Xy 2c M,T,, Mf-/- 2c
V,L, 2 M,, M, 2

v L 14 L
T, T, 2 E,E; 2

T, 1 ; 1
Yiy X5 2¢ R, R; 2(c—1)

N; c s/, s 2

Q, c

Sum S5ct+5 Sum S5c+5

.. E,, S)). The specifications of a typical column simulation are pres-
ented in Table 5. The schematic sketch of the extractive distillation
column is given in Fig. 1. Zone 1 refers to the section above the
solvent entry, zone 2 refers to the section of column between the
two feeds and zone 3 refers to the section below the second feed.

1. Properties Estimation

The reliability of the simulation results depends to a large extent
on the accuracy with which the properties and transfer coefficients
are estimated. The property models used in this work are given in
Table 6. The predicted properties compared satisfactorily with the
predictions of Aspen Plus” software over a wide range of compo-
sitions and temperatures. The gas and liquid mass transfer coeffi-

Specifications

Typical Case Study

Number of stages (including condenser and reboiler)
Condenser
Reboiler

Tray type

20

Partial (equilibrium stage)
Partial (equilibrium stage)
Glitsch V-1 valve

Column diameter, m 1.83
Exit weir height, m 0.05715
Bubbling (active) area, m* 2.1064
Reflux ratio 4
Bottom rate 68.774 mol/s
Flow type Mixed for both vapour and liquid
Pressure Top stage : 101.3 kPa
Bottom stage : 116.84 kPa
Intermediate stages : linear pressure profile
between top and bottom stage pressure
Feed 1 Location stage 3
(Solvent : Water) State, T&P liquid at 323 K, 103.33 kPa
Flow rates Acetone 0.0 mol/s
Methanol 0.0 mol/s
Water 60 mol/s
Feed 2 Location stage 10
Acetone-Methanol Mixture State, T&P bubble point liquid (330.48 K), 108.39 kPa
Flow rates Acetone 30 mol/s

Methanol 10 mol/s
Water 0 mol/s

Korean J. Chem. Eng.(Vol. 22, No. 3)
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cients and interfacial area for Glitsch V-1 valve trays were obtained
from the correlations developed by Sheffe and Weiland [1987].
2. Details of Simulation

Fig. 2 shows the object oriented representation of the simulation
organization using the convention suggested by Rumbaugh et al.

PARTIAL
CONDENSER
VAPOR
DISTILLATE

Zone 1
SOLVENT
(WATER) ’

Zone 2
FEED

(ACETONE+METHANOL)
Zone 3
REBOILER
RESIDUE

Fig. 1. Schematic diagram of extractive distillation for acetone-
methanol-water system.

Table 6. Property Models used in this study [Reid et al., 1988]

[1993]. The features of the object oriented approach are data encap-
sulation, modular code development and inheritance of classes, there-
by enabling more flexibility, extensibility and easier maintenance of
the code. An aggregation of components classes forms the stream
class, several of which are associated with the stage class. In turn,
an aggregation of stages forms the column class from which spe-
cific classes such as distillation and absorption columns are inher-
ited. From property estimation and numerical computation view-
points, the property and matrix classes are also associated as shown.
The following steps are involved in the simulation.

i. The column operating conditions such as reflux ratio, distil-
late, solvent and feed flow rates, side stream flow rates (if any) as
well as the design parameters such as tower diameter, type of con-
denser and reboiler, number of stages, active area and weir height
are specified.

il. The property data base of the system used in the simulation is
initialized with appropriate parameters.

iii. A new distillation class instance - the distillation object is cre-
ated.

iv. The data in (i) are assigned to the streams, stages and tray di-
mensions using appropriate functions.

v. The simulation function of the distillation object is executed.

vi. Initial guesses are generated.

vii. The column equations (in Tables 1 and 2) are solved by using
the appropriate matrix routines and results are displayed.

The model equations (discrepancy functions) and unknown vari-
ables were grouped stagewise and solved simultaneously by the
usual Newton-Raphson iterative scheme. Suitable initial guesses

Properties Models
Vapour-liquid equilibrium ratio (K ) Modified Raoult’s law
Activity coefficients UNIFAC

Fugacity coefficients
Enthalpy

Enthalpy of vapourization
Vapour pressure

Density

Molar liquid volume at normal boiling point
Viscosity

Thermal conductivity

Binary diffusion coefficient

Mass transfer coefficients
Heat transfer coefficients

Equation of State (Redlich-Kwong)

Ideal (for vapour phase)

Ideal+excess enthalpy (for liquid phase from activity coefficient models)
Watson’s model

Antoine’s equation

Ideal gas law (gases, both pure and mixture)

Modified Rackett’s equation (liquids, both pure and mixture)

Tyn and Calus

Lucas (gases, both pure and mixture)

Letsou and Stiel (liquids, both pure and mixture)

Chung et al. (pure gases)

Wassiljewa equation with Mason and Saxena modification (gas mixture)
Sato-Riedel (pure liquid)

Li (liquid mixture)

Wilke and Lee (gases)

Tyn and Calus (liquid binary diffusion coefficient at infinite dilution)

Taylor and Krishna (liquid binary diffusion coefficient at finite concentration

in multi-component mixture)
Scheffe and Weiland (for valve tray)
Chilton-Colburn analogy

May, 2005
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Component
DataBank > Stream |«
Property — | Stage |
<L Matrix
™ Column
A A 4 A 4
Distillation Absorption
Symbol Meaning
<> Aggregation
L4 Association
A Inheritance
—> Message passing
(flow of information)

Fig. 2. Object oriented model and nomenclature for a distillation
column, with convention based from Rumbaugh et al.
[1993].

were generated for the Newton-Raphson scheme by a combination
of flash vaporization and bubble point algorithm of Wang and Henke
[1966]. Flash calculations, based on the combined feed streams, at
an average column pressure and temperature, and specified bottom
product flow rate, generated the compositions of vapor and liquid
stream products. These were used to estimate the dew point and
bubble point temperatures of the vapor and liquid products from
the tower. A linear interpolation of these values provided initial esti-
mate of the temperature profile. Initial set of total vapor and liquid
flow rates were estimated assuming constant molar inter stage flows
by using the specified reflux, distillate, feed, and side-stream flow
rates. These estimates from this flash vaporization procedure were
improved upon by providing them as initial estimates to the bubble
point algorithm. The results after the first few iterations of this algo-
rithm served as the initial guesses for the rate based model solu-
tion. The stage temperature so obtained was assigned to bulk liquid
and vapor-phases as well as to the interface temperature of the stage.
Vapor-liquid interface mole fractions were set to be the same as those
of the bulk vapor and liquid stream values. The mass transfer rates
(N;) were all initially assigned to be zero. At this point in the sim-
ulation, initial conditions corresponding to equilibrium state of the
phases are assumed. The non-ideal solution K-values were used in
the above algorithm except for the first iteration when Raoult’s law

was used.

The highly nonlinear nature of the rate-based model is mainly
due to the composition dependency in addition to temperature and
pressure of the thermodynamic and physical properties particularly
for non-ideal systems. Simulation of extractive distillation processes
involves multiple feeds and non-ideal mixtures and hence becomes
relatively difficult to converge. The updates to the previous guesses
(Ax) were scaled by a scalar factor (t) as recommended by Seader
and Henley [1998]. A scalar stepping factor (t) was used in order
to ensure convergence. When t was taken as unity, implying no mod-
ifications of the updates provided by the Newton-Raphson scheme,
the simulations failed to converge. But when t was optimized by the
golden section method [Cheny and Kincaid, 1999] to a value between
0 and 1 during every iteration of the Newton Raphson scheme, con-
vergence was achieved to yield a feasible solution. During every
iteration, optimizing upon the t value minimized the sum of squares
of discrepancy functions. In the simulation case study, when t was
set to unity, the method failed to converge after 4 iterations. How-
ever, using optimal t evaluated during every iteration, a feasible so-
lution was attained in 27 iterations with the specified tolerance.

The initial guess generation procedure involving a combination
of flash vaporization and bubble point method did not lead to con-
vergence for the rate based simulations for reflux ratios specified at
greater than 7. Hence, an improved version of the application was
developed to generate proper initial guesses. Initially, the converged
rate based results for a lower reflux ratio were provided as initial
guesses. This worked for reflux ratios up to 8. For ensuring con-
vergence at higher reflux ratios, the arc length continuation algorithm
as adopted by Vadapalli and Seader [2001] was utilized. Results
were found to converge for reflux ratios even as high as 30.

RESULTS AND DISCUSSION

The rate based model simulations of the valve tray column are
presented and the interface and bulk values of temperature, vapor
and liquid composition are distinguished in Figs. 3a, 4a and 5a. The
rate based models results are compared with the Aspen Plus® gen-
erated equilibrium model predictions in Figs. 3a, 4b, and 5b. The
explanation for the trends shown by the composition profiles is based
on King [1980]. Further, the convergence between the equilibrium
and rate based model predictions is illustrated when the rate limit-
ing vapor phase mass and heat transfer coefficients were deliber-
ately increased to 10 times their original values in Figs. 3b, 4c and
Sc. A thermodynamic analysis indicates the difference between the
equilibrium and rate based models. Finally, the design implications
of choosing the simple equilibrium model instead of the rigorous
rate based model are discussed.

1. Temperature Profiles

It can be observed from the temperature profiles (Fig. 3a) that
the liquid bulk and interface temperature profiles are virtually iden-
tical but vapor phase temperature profile is different. Hence, the
assumption of equality of all temperatures as considered in the equi-
librium model is not a good approximation for this system. The inter-
face and liquid temperatures predicted by the rate-based model are
almost identical due to negligible resistance to heat transfer in the
liquid phase owing to very high liquid phase heat transfer coeffi-
cients. The equilibrium model’s temperatures are found to be lower

Korean J. Chem. Eng.(Vol. 22, No. 3)
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Fig. 3. (a) Rate based model’s temperature profiles compared with
equilibrium model predictions (Aspen plus®) (b) Tempera-
ture profiles upon enhancement of vapor phase mass and
heat transfer coefficients.

than those of the rate-based model’s liquid temperatures, which in
turn are lower than those of the rate based model’s vapor tempera-
tures.
2. Vapor and Liquid Phase Composition Profiles

From Figs. 4 and 5 it is observed that the water concentration
decreases very rapidly above stage 3 (zone 1), whereas the acetone
concentration increases implying enrichment of acetone in this phase.
Between stages 3 to 9 (zone 2), water is present in large quantities
and its concentration is almost constant. Methanol gets preferen-
tially absorbed into water and its concentration increases rapidly in
this zone. In the lower section of column, i.e., from stages 10 to 20
(zone 3), stripping of acetone from the liquid occurs. Again, water
concentration is at a constant but lower concentration up to some
stages above the reboiler and then starts increasing rapidly attaining
a maximum at the reboiler. The stream from the reboiler is richer in
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por phase mass and heat transfer coefficients simultaneous-
ly on vapor composition profiles.



Stage No.

Stage No.

Stage No.

0 N O oA 0N =

-
o ©

1
12
13
14
15
16
17
18
19
20

0 NG AWN =

N = = 2 o o a oA
O © ® N O A WN =0 ©

N = = A A a aa aa
O © 0 N O O~ WN-—= O ©

OD\IO".J'I-BO)I‘\)—k

Simulation and Analysis of Extractive Distillation Process in a Valve Tray Column Using the Rate Based Model

%

T T T

(@ |

Acetone

Acetone:Liquid
Acetone:Interface
Methanol:Liquid
Methanol:Interface
Water:Liquid
Water:Interface

%
A Acetone

—— Acetone:RM

+ Acetone:EQM
—— Methanol:RM
+ Methanol:EQM 7
— — Water:RM §
x Water.EQM -+

0.4 0.5 0.6 0.7

Liquid mole fraction

Acetone

—— Acetone:RM

%+ Acetone:EQM
—— Methanol:RM
+ Methanol:EQM
— — Water:RM

x Water.EQM

0.4 0.5 0.6
Liquid mole fraction

0.7 0.8 0.9 1

Fig. 5. (a) Liquid phase composition profiles in the bulk and inter-

face from rate-based model, (b) Comparison of bulk liquid
phase composition profiles between rate-based model (RM)
and equilibrium model (EQM), (c) Effect of increasing va-
por phase mass and heat transfer coefficients simultaneous-
ly on liquid phase composition profiles.

447

methanol owing to its relatively higher volatility. However above
the reboiler, the methanol is relatively less volatile when compared
to acetone, which gets distilled preferentially leading to a hump in
the methanol profile.

In the vapor phase, the profiles for the bulk and interface (Fig.
4a) are different implying relatively higher resistance to mass trans-
fer. Significant differences are observed between the bulk vapor
phase compositions predicted by rate based and equilibrium mod-
els (Fig. 4b). It can be observed that the equilibrium model over-
predicts the product purity of acetone in the distillate and under-
predicts product impurity of the same component in the residue,
implying in both situations higher mass transfer performance of the
column than actually observed through the rate based model.

Fig. 5a shows almost identical profiles for the liquid phase bulk
and liquid side interface, thereby indicating negligible mass trans-
fer resistance in the liquid phase for this system. However the rate
based model predictions again differ from those of the equilibrium
model (Fig. 5b).

3. Effect of Mass and Heat Transfer Coefficients

In the present study, the estimated binary mass transfer coefti-
cients in liquid phase were approximately 10 times higher than those
in the vapor phase. A typical matrix of multicomponent mass trans-
fer coefficients calculated from film model using the binary mass
transfer coefficients given above are as follows:

For Vapor phase
K= 208.719  28.448 )
9.701 193.321
For Liquid phase
Khe 1334.559 —-114.538 )
-67.193 1323.165

The matrix of high mass flux correction factor was calculated
for the present case study to be very nearly the identity matrix as
also indicated by Power et al. [1988], and hence neglected in mass
transfer rate calculations. Similarly, the heat transfer coefficients in
the liquid phase were much higher than those of the vapor phase.
To test the sensitivity of the rate based model to the transport coef-
ficients, it was decided to focus on the rate limiting vapor side for
the current system.

The vapor phase binary mass transfer coefficients were increased
deliberately by ten times the actual value without changing the speci-
fications for the given case study. The other transport coefficient in
the same phase, viz., the vapor phase heat transfer coefficient was
also correspondingly increased by ten times the actual value. The
composition and temperature profiles generated from the rate-based
model and equilibrium model simulations are compared for vapor
and liquid phases, respectively, in Figs. 3b, 4c and Sc. It can be seen
that in both phases, the rate based model compositions and temper-
atures approach those of the equilibrium model. Comparing Figs. 4a
and 4c, it may be observed that as the heat and mass transfer coef-
ficients of the vapor phase are enhanced, the rate based predictions
approach the equilibrium model. Owing to closer approach to equi-
librium, the impurity of acetone in the bottom stream has reduced
considerably from 0.184 to 0.159.

Korean J. Chem. Eng.(Vol. 22, No. 3)
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4. Thermodynamic Analysis

The effects of composition and temperature in the various phases
were combined in terms of the thermodynamic parameter fugacity
in order to illustrate the differences between the rate based and equi-
librium model. At equilibrium fugacity of species i () in both vapour
and liquid mixture should be equal, i.e.,

fi=f; ©)

Fugacity of species i in vapour (f; ) and liquid (f; ) mixture can be
calculated as follows:

f‘f”: oy P Q)
fi=gxP ®)

Component fugacities in both vapour and liquid mixtures for all
stages are plotted in Fig. 6 for the original simulation and in Fig. 7
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Fig. 6. Component fugacities in vapour and liquid phase for rate-
based model simulation.
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Fig. 7. Effect of increasing vapor phase mass and heat transfer co-
efficients simultaneously on component fugacities.
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Fig. 8. Mass transfer rate profiles.

for simulations carried out with enhanced mass and heat transfer
coefficients. Differences between the vapor and liquid phase fugaci-
ties can be observed for each component in most of the stages. Upon
simultaneous increase in mass and heat transfer coefficients, the vapor
and liquid phase fugacity profiles for each component approach
one another.
5. Mass Transfer Rates

The inter-phase molar transfer rate for individual components
(N;) and total inter-phase molar transfer rate (N;) are plotted from
the rate-based model simulation (Fig. 8). The signs for the individual
mass transfer rates are dictated by the values of the compositions at
the bulk relative to the interface. The profiles indicate that the total
molar transfer rate is not negligible everywhere in the column. Hence
the commonly made assumption of equimolar counter diffusion
for multicomponent distillation is not applicable here. It can be seen
that the mass transfer rate for acetone and water is found to be rel-
atively higher than methanol in zone 1. The negative mass transfer
rates of acetone indicate the transfer of acetone from liquid to vapor.
This suggests that at the top section separation occurs mostly be-
tween acetone and water as discussed previously. In zone 2, the com-
ponent mass transfer rates for acetone and methanol are higher when
compared to water. Further, the signs of the mass transfer rates of
the two components are different, implying transfer in opposite di-
rections. In zone 3, the mass transfer of acetone occurs at a higher
rate from liquid to vapor, indicating vigorous stripping of acetone
from the mixture. The transfer rate of water, the least volatile sub-
stance is relatively higher on stages just above the reboiler and oc-
curs from vapor to liquid as expected. In this section above the re-
boiler, methanol also transfers from vapor to liquid. These phe-
nomena are consistent with composition profiles.

DESIGN IMPLICATIONS
OF THE RATE BASED MODEL

When the mass transfer coefficients are very high, the predic-
tions of rate-based model simulating a real column approaches that
of the equilibrium stage model. Hence, to achieve higher mass trans-
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Table 7. Comparison of product purities predicted by the rate based and equilibrium models for the case study discussed

Purity of acetone Impurity of acetone Mole fraction Mole fraction
Number of  Solventstage  Feed stage . . . .
staoes location location (mole fraction) (mole fraction) of methanolin ~ of methanol in
g in the vapor distillate in the liquid residue ~ vapor distillate liquid residue
Rate based model
20 3 10 0.9212 0.01793 0.0039 0.1436
Equilibrium model
20 3 10 0.93008 0.0139 0.00042 0.1452
16 3 8 0.92907 0.0143 0.00214 0.1444
12 3 6 0.92298 0.0171 0.0117 0.1400
10 3 5 0.91408 0.0211 0.02531 0.1339

fer performance the tray design assumes significance. Other con-
clusions important from the design viewpoint are discussed below.
1. Product Compositions

From the composition profiles (Figs. 4 and 5) it has been observed
that the equilibrium stage model over-predicts the column perfor-
mance in terms of acetone purity achieved in distillate and acetone
impurity left over in the residue. The product purities attained in
the rate based and equilibrium models are tabulated in Table 7 for
acetone and methanol. Only stages lower than 20 were tried as the
equilibrium model with 20 stages performed better than the rate
based model. The feed stage location was varied according to the
numbers of stages, while the solvent feed stage was fixed at the third
tray. The other specifications like feed flow rate, temperature and
pressure, solvent flow rate, temperature and pressure, reflux ratio,
bottom rate were the same as before. Though the difference in prod-
uct purities does not seem to be much, the number of stages required
by the equilibrium model to attain close to the acetone distillate com-
position of 0.921 predicted by the rate based model is only 60% of
those required by the rate based model. Though efficiencies can be
used to account the deviation from non-ideality, prediction of effi-
ciency is not reliable always as it can be very sensitive to composi-
tion, vary from one component to another as well as from one stage
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Fig. 9. Murphree vapor efficiency profile back calculated from
rate-based model simulation.

to the next, and can be even unbounded. The Murphree efficiencies
back calculated from the present case study are shown in Fig. 9.
2. Feed Stage Location

Locations of the feed stages have a significant influence on the
purity of the product streams. Several simulations were carried out
to find the most suitable combination of the solvent and feed stage
locations that will maximize the purity of acetone in the distillate
while maintaining the total number of stages at 20. As can be seen
from Table 8, the optimum feed and solvent stage locations from
the equilibrium model was estimated to be 4 and 14, respectively,
while the corresponding rate based model predicted them to be at
4 and 11. Further, the discrepancies in the acetone purities of the
distillate stream can also be noted.

Table 8. Comparison of optimum feed and solvent stage locations
of rate based and equilibrium models for the case study

discussed
Equilibrium Rate based
Parameter
model model
Most suitable solvent stage location 4 4
Most suitable feed stage location 14 11
Acetone purity in distillate 0.9424 0.9312
0.945
0.94 ./././.,r. H'._Hﬂ.*ls.\.\.\.
0.935
x 0.93
4
0.925
0.92 1
J
091 5 1 1 1 1 1 1 1 1 1 1 1 1 1 1 1 1 1
7 9 1 13 15 17 19 21 23 25
Reflux ratio

—o—xd(rate based) = —#— xd(equilibrium)

Fig. 10. Comparison of effect of reflux ratio between rate based
and equilibrium stage models. Equilibrium stage model
predictions are from Aspen Plus®.
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3. Effect of Reflux Ratio

A surprising effect of reflux ratio on the acetone purity in the dis-
tillate was noticed for the extractive distillation process. After a crit-
ical reflux ratio that was different for the rate based and equilib-
rium stage models, the acetone product purity was actually found
to decrease. This can be explained by the conflicting effects of the
positive action of reflux versus the reduction in relative volatility
between azeotropic constituents at increasing reflux ratios. This trans-
lates in terms of the effect of water flow rate on the activity coeffi-
cients of acetone and methanol. The activity coefficient of acetone
increases with increasing water flow rates leading to enhancement
in the relative volatility of acetone-methanol pair. However, at in-
creasing reflux the enriching action has to be balanced against the
diluting effect of the (water lean) reflux stream on the water com-
position and consequently its capability to improve the relative vola-
tility. Since the compositions and temperatures are different between
the rate based and equilibrium staged model, it is to be expected
that the critical reflux ratios would be different between the two mod-
el predictions as well. The effect of reflux ratio is shown in Fg. 10.

CONCLUSIONS

The rigorous simulation of a valve tray column through the rate
based approach provided several useful results. The rate-based mod-
el, though complicated relative to the equilibrium model, provides
a realistic estimate of the distillation column performance without
incorporating efficiency factors. When the mass and heat transfer
coefficients are high, the rate based model predictions approaches
that of the equilibrium model predictions. High mass and heat trans-
fer rates can be achieved by improving upon the tray design so that
the actual column performs closest to that of an ideal column. The
purity of acetone in the distillate predicted by the rate based model
is significantly lower than that predicted by the equilibrium stage
model. Equivalently, the equilibrium model requires far fewer stages
to attain the distillate composition of the rate-based model. Further,
there were significant differences between the two models in pre-
dicting the most suitable location of the feed entry. The counter-
intuitive and counter-productive effect of reflux ratio on separation
is explained. Experimental data on extractive distillation in valve
tray columns are recommended to support rigorous mathematical
modeling studies as well as to identify optimal operating conditions
and design parameters.
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NOMENCLATURE

. interfacial area per unit active area
: characteristic length, taken as 1 m
: diffusion coefficient [m*-s™']

wy - Murphree tray efficiency

moe e

May, 2005

Rar)
[SSIS

: liquid feed flow rate of species i to stage j [mol/s]

: vapor feed flow rate of species i to stage j [mol/s]

: total vapor feed flow rate to stage j [mol/s]

: total liquid feed flow rate to stage j [mol/s]

: total vapor feed flow rate to stage j [mol/s]

: superficial gas mass velocity [kg-m™s7]

: enthalpy of liquid stream leaving stage j [J/mol]

: enthalpy of liquid feed stream entering to stage j [J/mol]

: enthalpy of vapor stream leaving stage j [J/mol]

: enthalpy of vapor feed stream entering to stage j [J/mol]

: liquid-side mass-transfer coefficient based on mole fraction
driving force [kg-mol-m2-s7']

: gas-side mass-transfer coefficient based on mole fraction driv-
ing force [kg-mol'm™-s™']

: superficial liquid mass velocity [kg-m™-s™']

: inter-stage total liquid flow rate from stage j [mol/s]

: molecular weight

: inter-phase mass transfer rate of species ‘i’ in stage ‘j° [mol/s]

: total pressure [kPa)]

: external heat transfer to or from the stage j [J/s (Watt)]

: external heat transfer to or from the stage j in liquid phase
[J/s (Watt)]

: external heat transfer to or from the stage j in vapour phase
[J/s (Watt)]

: fraction of the liquid exiting the stage j withdrawn as liquid
side stream [U/L]

r;  :fraction of the vapor exiting the stage j withdrawn as vapor

side stream [W/V ]

Re; : gas-phase Reynolds number=Gd/z;

Re, :gas-phase Reynolds number=Ld/z;,

Sc;  : Schmidt number in gas-phase=1,/D

Sc; : Schmidt number in gas-phase=v,/D,

Sh;; : gas-side Sherwood number=k ad/p;Dg

Sh, :gas-side Sherwood number=k.ad/p,D,

: temperature [K]

: liquid side stream flow rate from stage j [mol/s]

: molar volume of the pure liquid of species [kmol/m’]

: interstage total vapor flow rate from stage j [mol/s]

: weir height [m]

: dimensionless weir height=W/d

: liquid side stream flow rate from stage j [mol/s]

: mole fraction, liquid

: mole fraction, gas
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Greek Letters

: viscosity in Re [kg-m™'-s™']

: bulk-phase molar density [kg-mol-m~]
: fugacity coefficient of species i

: activity coefficient of species i

: Kronecker delta, 1 ifi=j, 0 if i#]

SRSV

Superscripts

V  :vapor phase
L  :liquid phase
I : interface

Subscripts
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: vapor phase
: liquid phase
: interface

— <
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